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bstract

A process to produce “fuel-cell grade” hydrogen from ethanol steam reforming is analyzed from a thermodynamic point of view. The hydrogen
urification process consists of WGS and COPROX reactors. Equations to evaluate the efficiency of the system, including the fuel cell, are
resented. A heat exchange network is proposed in order to improve the exploitation of the available power. The effect of key variables such as the

eformer temperature and the ethanol/water molar feed ratio on the fuel-cell efficiency is discussed. Results show that it is feasible to carry out the
nergy integration of the hydrogen catalytic production and purification—PEM fuel-cell system, using ethanol as raw material. The technology of
fuel-cell grade” hydrogen production using ethanol as raw material is a very attractive alternative to those technologies based in fossil fuels.

2006 Elsevier B.V. All rights reserved.
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. Introduction

Fuel cells and hydrogen as a fuel can be a solution in
he development of zero emission vehicles [1,2]. In addition,
ydrogen is the future fuel, basically since its combustion
nly produces water. Nevertheless, some considerations must
e made about this asseveration. Firstly, if the combustion of
ydrogen is performed with air, nitrogen oxides will also be
roduced. Second, hydrogen is not free in Nature; this element
s present in hydrocarbons and in the water. Energy has to be
onsumed in order to separate it from carbon (hydrocarbons)
r from oxygen (water). When hydrogen is obtained from
ater the process used is the electrolysis, which consumes a

ignificant amount of energy. Only if this energy is produced
rom renewable sources such as solar or wind energy, it can be
aid that hydrogen is obtained using a non-pollutant process. On

he other hand, when hydrogen is obtained from hydrocarbon
r alcohol steam reforming, carbon oxides are produced as
ell. Thus, the qualification of “clean” fuel is only true when

∗ Corresponding author. Tel.: +5411 4576 3240; fax: +5411 4576 3241.
E-mail address: miguel@di.fcen.uba.ar (M. Laborde).
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he raw material is biomass, which consumes CO2 during its
rowth.

Ethanol presents several advantages related to natural avail-
bility, storage and handling safety. It can be produced renew-
bly from several biomass sources, including energy plants,
aste materials from agro industries or forestry residue materi-

ls, organic fraction of municipal solid waste, etc. Besides the
ioethanol-to-hydrogen system has the significant advantage of
eing nearly CO2 neutral, since the carbon dioxide produced
s consumed for biomass growth, thus offering a nearly closed
arbon cycle. In summary, among the various processes and
rimary fuels that have been proposed in the production of
ydrogen for fuel-cell applications, steam reforming of ethanol
s the most attractive [3–8].

The new application of H2 as a feed for fuel cells for
obile sources (PEM) requires that the anode inlet gas has a
O concentration lower than 20 ppm. Otherwise, the anode is
oisoned and the cell efficiency abruptly drops. Hence, if H2 is
roduced from hydrocarbons or alcohols, purification is required

n order to reduce the CO levels to fuel-cell requirements. So
ar, the most technologically feasible purification train consists
f two water gas shift converters (WGS) and a latter step of
emaining CO elimination (COPROX reactor) [9].

mailto:miguel@di.fcen.uba.ar
dx.doi.org/10.1016/j.jpowsour.2006.09.091
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In this work, a hydrogen production process from ethanol
team reforming is analyzed from a thermodynamic point
f view. Equations to evaluate the efficiency of the system,
ncluding the fuel cell, are presented. A heat exchange network
s proposed in order to improve the exploitation of the available
eat. The effect of key variables such as the reformer temperature
nd the ethanol/water molar feed ratio on the fuel-cell efficiency
s discussed.

. System definition

.1. System of reactors

The process involves three stages:

Ethanol steam reformer (ESR).
Water gas shift reactor (WGS).
CO preferential oxidation reactor (COPROX).

ESR can be modelled using the following equations [3]:

2H5OH → CH4 + CO + H2 (1)

O + H2O � CO2 + H2 (2)

H4 + H2O � CO + 3H2 (3)

Reaction (1) is very fast and it can be considered complete
ue to the high value of its equilibrium constant at the operating
emperatures considered in the present work [8]; the other two
eactions reach equilibrium. In addition, reactions (1) and (3)
re endothermic and the reaction (2) (WGS) is exothermic. The
hole reaction system is endothermic and the reactor operates,
epending on the catalyst activity and the ethanol/water molar
atio, at temperatures ranging 550–800 ◦C. Nickel or noble
etals such as Rhodium and Platinum are proposed as catalysts

3–6,10–12].
In the WGS reactor the only reaction occurring is reaction

2):

O + H2O � CO2 + H2.

It can be seen that CO is consumed and additional hydrogen is
roduced. Since this is an exothermic reaction, low temperatures
avour the equilibrium. Nevertheless from a kinetic point of
iew low temperatures are not convenient. Both aspects shall
e taken into account to design the reactor. In this sense, two
xed bed catalytic reactors with a heat exchange between them
re employed. Both reactors operate at the same inlet tempera-
ure (180 ◦C) and use the same Cu/Zn/Ba/Al2O3 catalyst. At
hese low temperatures copper is the most adequate catalyst
13–17].

Before entering the COPROX reactor, the WGS reactor outlet
s mixed with oxygen (or air). In the COPROX reactor, the
emaining CO is oxidized to CO , but hydrogen is also oxidized:
2

O + 1
2 O2 → CO2 (4)

2 + 1
2 O2 → H2O (5)

c
o
w
p
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Reaction (5) must be avoided as much as possible since
ydrogen is consumed. Nevertheless, this reaction is thermo-
ynamically favoured and besides hydrogen concentration in
he mixture entering the reactor is clearly higher than CO
oncentration. For these reasons, the catalyst shall be highly
elective to reaction (4). Two types of catalyst are used: noble
etals (Pt and recently Au) and Cu/CeO2. As both reactions are

ighly exothermic, an undesirable temperature increase could
ccur. Hence the reactor is divided into three fixed beds with a
eat exchange between them. At the outlet of this reactor CO
oncentration in the hydrogen-rich flow shall be less than 20 ppm
18–20].

With respect to the heat exchange, adiabatic operation for
GS and COPROX reactors is assumed, while isothermal

peration is assumed for the ESR. This is the only reactor which
onsumes energy due to the endothermic characteristic of the
eaction set. There is also heat consumption for feed evaporation,
rior to entering the reactor.

.2. Energy integration

The following variables were taken into consideration:

Operating pressures.
Operating temperatures.
Hot and cold sources.
Ethanol/water ratio in the ESR feed.
Temperature approach in the exchanges.

It must be noted that flows are not considered since this
s a thermodynamic analysis. Instead, a molar flow basis of
kmol h−1 is employed. Specifications about these variables
ill be discussed below.

.2.1. Operating pressures
As the fuel cell operates at 4.5 atm, pumps and compressors

hall be considered. Pressure affects ethanol steam reaction
ince the total mole number changes due to the reaction:
f pressure increases, the conversion in this reactor (ESR)
ecreases (anyway, the compression will be upstream from the
SR). Pressure does not affect the WGSR since there is no
hange of the total mole number by the reaction. The COPROX
eactor is not affected either since both reactions – (4) and (5) –
an be considered irreversible.

.2.2. Operating temperatures
The fuel cell works at 80–100 ◦C. The ESR can operate

t 550–800 ◦C. From a constructive point of view, it would
e desirable that the ESR worked at lower temperatures,
ut methane production increases when temperature decreases
5,11]. It must be noted that the higher the methane production
s, the lower hydrogen yield will be, since each mole of methane

ontains two moles of hydrogen. On the contrary, if the ERS
perates at high temperatures, the heat consumed by this reactor
ill be higher, and so will be the stream fraction burned for this
urpose (see Section 2.2.8).
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WGSR operates between 180 and 250 ◦C; higher tempera-
ures cause the deactivation of the copper catalyst by sinter-
ng. Although at lower temperatures the catalyst is not active
14,16,17], temperatures near 160 ◦C were allowed.

The lowest temperature at which any COPROX reactor
an operate is that of water condensation temperature (about
30 ◦C at 5 atm) [18–20]. As this reaction is highly exothermic
wo precautions must be taken into account to avoid high
emperatures: (1) the possibility of an undesirable temperature
aise and (2) the need to cool the effluent prior to entering the
uel cell.

.2.3. Hot and cold sources
A hot source is needed to sustain the reaction occurring in

he ESR. Similarly, a cold source is needed to reject heat from
he PEM fuel-cell feed.

The hot source used is a process stream at high temperature
an internal source of heat). When this source of heat is not at
proper thermal level, a portion of a stream can be combusted

n a burner in order to obtain a hot exhaust gas. The burner can
e fed by: (a) ethanol, (b) synthesis gas or (c) hydrogen-rich
tream. Two new variables shall be considered: the air/fuel ratio
nd the process stream not burned. The efficiency of the system

ecreases when the burned fraction increases (see efficiency
efinition).

In the same way, when a cold source is not at a proper thermal
evel, the cold source employed can be a cold utility not specified,

2

d

Fig. 1. System flowsheet for
Sources 164 (2007) 336–343

ut capable of removing any amount of heat (e.g. atmospheric
ir).

It must be noted that when an internal source is employed, it
hall not be considered as heat exchanged in Eq. (6).

.2.4. Feed ethanol/water ratio
Kinetic studies claim that a high ethanol/water ratio in the

eed improves the conversion in ESR and WGSR. This ratio
oes not affect the performance of COPROX reactors [17,18].
evertheless, water evaporation consumes a significant amount
f heat. Then, if this ratio increases, the system available
ower decreases because a higher process fraction will have
o be burned. Hence, there is a trade-off between the hydrogen
roduction and the heat consumed in water evaporation.

.2.5. Air/CO ratio in COPROX stage
In this stage both CO and H2 are oxidized. A lack of air

an provoke a wrong operation of the reactor since the CO
oncentration will not reach the specified value (20 ppm). On
he contrary, an excess of air can produce an excessive oxidation
f hydrogen reducing its yield [18–20]. In addition, an excess of
ir increases the electric energy consumption in the compressor.
hen there is a trade-off between high and low air/CO ratios.
.2.6. Temperature approach in the heat exchangers
In order to reduce the heat exchangers size, temperature

ifferences must be as high as possible. This is a relevant

R ≤ 1:4 (Cases 1–10).
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Fig. 2. System flowshe

uestion if the purpose is to reduce the volume of the entire
evice. However, as will be discussed later, the higher the
emperature approach is, the lower the heat recovery will
e. Thus, there is also a trade-off between system size and
fficiency.

.2.7. Air/fuel ratio in the burner
An adequate air/fuel ratio must produce a stream with enough

eat content with a proper thermal level to keep temperature
onstant in the ESR. A low ratio implies deficient combustion
nd a high ratio leads to a lower thermal level.

.2.8. Process stream fraction not burned
In order to minimize the burned process stream fraction, it

ould be necessary to choose the more adequate stream: ethanol,
ynthesis gas or hydrogen-rich stream. It is not the aim of this
ork to discuss which stream is the most convenient. Instead,

ynthesis gas is chosen for this purpose.

.3. Heat exchanger network design

With the aim of minimizing the entropy difference and
herefore maximize the useful work obtained, it is convenient

hat the heat exchange is carried out between two streams with
emperatures which are not too different. Nevertheless, the closer
he temperatures are, the larger the heat exchanger will be (see
ection 2.2.6).

f
e
e
a

R = 1:5 (Cases 11–16).

According to these considerations, the designs performed in
his work are shown in Figs. 1–3, in which:

. The cold stream start exchanging heat with hot streams of low
thermal level before exchanging heat with hotter streams.

. Since there is only one cold stream, it is divided into two in
order to obtain two streams of lower thermal level.

. The WGS and COPROX stages are divided each into two
and three fixed beds, respectively, to exchange heat in order
to limit the temperature increase.

. Efficiency and power of the PEM fuel-cell

According to the First Principle of Thermodynamics, the
ollowing energy balance is considered:

We − Wb − Wc + QFC + QA1 + QA2

=
∑

inlet

F ihi −
∑

outlet

F ihi = �Hsys (6)

here We is the electric power done by the system, Wb and
c the power consumed by the pump and by the compressor,

espectively, QFC, QA1 and QA2, the heat exchanged in the

uel cell and air coolers A-1 and A-2 (see Figs. 1–3) with the
nvironment, Fi the molar flow of the stream i, hi its molar
nthalpy and �Hsys is the difference in enthalpy flow rates,
ssociated with the mass flow rates, at the overall system exit
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nd inlet planes. The electric power We is

e = I�V = 2Fa FH2xH2�V (I) (7)

here I is the current intensity, �V(I) the fuel-cell differential
f potential, Fa the Faraday constant (96485 C mol−1), FH2 the
ydrogen molar flow entering the fuel cell and xH2 is the H2
onversion in the first cell1.

From Eqs. (6) and (7), the following expressions to evaluate
he efficiency of the system (η) and the net power delivered,

net, are proposed:

1 = Wnet∑
inletF

ihi − ∑
outletF

ihi × 100 = Wnet

�Hsys
× 100 (8)
2 = Wnet

FetOHLHV
(9)

net = 2Fa FH2xH2�V (I) − Wb − Wc (10)

1 For a stack of fuel cells electrically connected in series and also fed in series,
he number of moles of H2 reacted in each cell must remain constant, so as to
btain the same current intensity in the circuit which is generated at the first cell.

-
-
-

C
a
c

R = 1:6 (Cases 17–26).

here LHV is the low heating value of the ethanol,
.2355 × 106 kJ kmol−1.

As can be seen, it is possible to find an expression for the
fficiency in terms of the First Principle (Eq. (8)) or in a way
nalogous to that of a thermal engine cycle (Eq. (9)). Both
xpressions have the net power generated in common.

In Eq. (8) the denominator accounts for the system enthalpy,
hile the denominator in Eq. (9) represents the amount of heat

hat the combustion of the entering ethanol would deliver.
The hydrogen flow in Eq. (10) is affected by: ESR tem-

erature; process stream fraction not burned; inlet temperature
n WGS and COPROX reactors; air/CO ratio in the COPROX
eactor; ethanol/water feed ratio.

The differential of potential in the fuel cell is affected by
ome over potentials, namely:

activation over-potential;
limit current over-potential (mass transport over-potential);
ohmic resistance over-potential.
alculations are performed assuming that: (a) the sinks of power
re the burner and the mechanical device and (b) the fuel cell
an handle any amount of hydrogen.
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In the present work, the actual tension value in the fuel cell
as assumed as 0.5 V, based on Berning and Djilali [21].

. Simulation

The simulation was performed under the following assump-
ions:

No pressure drop is considered throughout the system.
The compressor and pump adiabatic efficiencies are 75%
each.
The burner operates at atmospheric pressure and CO, CH4
and H2 combustion is complete.
The air/synthesis gas molar flow ratio is 1.8.
Room temperature: 20 ◦C.
Inlet flow temperatures to the first stage of COPROX reactors
are 180 ◦C.
The conversion in the last stage of COPROX is adjusted to
obtain a CO molar concentration lower than 20 ppm.
The oxygen/CO molar feed ratio is 2.
The hydrogen conversion in each COPROX reactor is 1% of
the hydrogen stage inlet.

Potential difference per cell: 0.5 V.
The stack is capable of consuming any amount of hydrogen
(i.e., FH2 = 0 at the stack outlet).
The oxygen/H2 molar feed ratio is 0.5.

c
h
c

able 1
esults of the simulation

ase R f TREF TPROX,o

1 1:3.5 0.78 750 180
2 1:3.5 0.79 750 180
3 1:3.5 0.78 760 180
4 1:3.5 0.78 770 180
5 1:3.6 0.78 760 180
6 1:3.6 0.78 770 180
7a 1:4 0.76 760 85
8a 1:4 0.77 760 85
9a 1:4 0.76 770 85

10a 1:4 0.77 770 85
11a,b 1:5 0.70 760 95
12a,b 1:5 0.72 760 95
13a,b 1:5 0.73 760 95
14a,b 1:5 0.70 770 95
15a,b 1:5 0.72 770 95
16a,b 1:5 0.73 770 95
17a,b,c 1:6 0.66 760 100
18a,b,c 1:6 0.67 760 100
19a,b,c 1:6 0.68 760 100
20a,b,c 1:6 0.69 760 100
21a,b,c 1:6 0.66 770 100
22a,b,c 1:6 0.67 770 100
23a,b,c 1:6 0.68 770 100
24a,b,c 1:6 0.69 770 100
25a,b,c 1:6 0.69 790 100
26a,b,c 1:6 0.69 800 100

a Air cooling (A-2) employed to achieve 80 ◦C in the hydrogen-rich fuel-cell feed (
b COPROX third stage is not needed to achieve [CO] < 20 ppm (Fig. 2).
c COPROX second stage is not needed to achieve [CO] < 20 ppm (Fig. 3).
Sources 164 (2007) 336–343 341

The minimum temperature approach in any heat exchanger
must be at least 25 ◦C.
The air cooler fan power is not considered.
No energy losses are considered.

The software employed was Aspen Hysys 3.1 [22], with
hich flow and enthalpy values were taken in order to compute

he efficiency as well as the net power produced by the system.
Ethanol/water feed ratio and ethanol steam reformer temper-

ture, two key variables in the energy integration, were analyzed.
he most relevant results are shown in Table 1, where:

ethanol/water molar feed ratio
process stream fraction not burned

REF ethanol steam reformer temperature [◦C]
PROX,out COPROX stage outlet temperature after heat

exchange [◦C]
EX temperature of the burner exhaust gas [◦C]
O CO concentration in the stream entering the fuel cell

[ppm]
efficiency [%]

net net power produced by the system [kW]
For R ≤ 1:3.6, refer to Fig. 1. It must be noted that, in this
ase, air cooling (A-2) was not needed to achieve 80 ◦C in the
ydrogen feed to the PEMFC. On the other hand, for R > 1:4, air
ooling was needed (Figs. 2 and 3).

ut TEX η1 η2 Wnet

377.0 59.2 47.1 57.5
293.9 59.2 47.7 58.2
348.9 58.5 47.9 58.4
323.2 57.9 48.6 59.2
330.4 58.6 48.4 57.8
310.3 58.0 49.1 58.6
330.7 58.9 49.0 53.8
257.7 58.9 49.7 54.6
306.7 58.2 49.5 54.4
232.5 58.2 50.2 55.1
361.7 61.1 50.2 46.0
258.2 60.9 51.7 47.3
199.6 60.8 52.4 47.9
347.9 60.4 50.5 46.2
242.9 60.3 51.9 47.5
183.3 60.2 52.7 48.2
334.0 64.6 52.4 41.1
294.4 64.5 53.2 41.7
251.5 64.4 54.0 42.4
205.7 64.3 54.8 43.0
325.1 64.0 52.6 41.2
285.0 63.9 53.4 41.9
241.8 63.8 54.2 42.5
195.3 63.7 55.0 43.1
179.1 62.9 55.2 43.3
173.5 62.6 55.3 43.4

Fig. 1).
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Table 2
Heat exchange

Q [kW] �Tmin [◦C]

E-1 4.523 35.95
E-2 1.479 50.24
E-3 1.483 45.18
E-4 1.386 44.60
E-5 1.479 38.18
E-6 12.14 43.00
E-7 14.21 39.17
E-8 1.873 25.00
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-1 2.200 –
-2 0.686 –

For R ≥ 1:5 (Fig. 2), the third stage of the COPROX reactor
as no longer needed, since the CO depletion in the ESR and

he WGSR was more complete. Thus, this third bed and the heat
xchanger which is downstream (E-1) were eliminated.

For R ≥ 1:6 (Fig. 3), the second stage of the COPROX,
ogether with the exchanger E was also eliminated for the same
easons stated above.

Table 2 shows the values of the heat exchanged in each
evice for Case 10, where E represents a device in which two
treams exchange heat, and A, a device in which a single stream
xchanges heat with the environment (air cooler). For further
etails, refer to Figs. 1–3.

. Discussion and conclusions

In this work, the feasibility to carry out the energy integration
or the hydrogen catalytic production and purification—PEM
uel-cell, using ethanol as raw material was demonstrated, with
fficiencies η1 ranging 57–64% and η2 ranging 47–56%. These
fficiencies should be taken as a ceiling, since the working
fficiency must include energy losses (heat loss in tubing
r reformer furnace, Joule effect, electrical motor intrinsic
fficiency, excess of any material stream, etc.).

It can be noted that for all of the cases analyzed the efficiencies
btained are higher than those of internal combustion engines
ith the additional advantage that CO2 concentration in the

tmosphere is not increased.
The efficiency is affected by the number of heat exchangers

nd by the minimum temperature approach. A large number of
eat exchanges allows a more efficient heat recovery, and thus
ore power is available. Concerning the minimum temperature

pproach, low differences also allow a better heat integration.
evertheless, both alternatives have the penalty of a higher

equired volume. Thus, if this system is to be included in a
ehicle, the restriction in the system volume shall lead to a
eduction in the overall efficiency.

Despite this fact, it is possible obtain a sustainable system
urning about 20–34% of the ethanol steam reformer effluent.
hat is, it is possible to develop a system in which the inputs are

thanol, water and air and the outputs are electricity, heat and
asically CO2 and water.

The operational conditions of the WGSR and COPROX
performing a heat exchange between each catalytic bed) are

[

[

[

Sources 164 (2007) 336–343

loser to the evolutions of those corresponding to equilibrium
reversible), thus reducing the entropy of the system and
ncreasing the availability of the energy to obtain useful work.

High temperatures in the ethanol steam reformer increase the
fficiency and the power because methane yield is lowered at
hese conditions. Besides, in this stage, when possible, higher
emperatures imply a better heat recovery of the exhaust gases
see Table 2).

Fuel-cell power decreases for increasing R since more energy
s required to evaporate the water entering the ethanol steam
eformer. Nevertheless, |�Hsys| also decreases in such a way
hat η1 increases (see Eq. (8)). A rise in η2 can be noticed as
ell, since an increment in R implies a diminution in ethanol

eed flow (see Eq. (9)).
It must be noted that f decreases when R decreases for the

ame reason stated above, i.e., more energy is required, and this
nergy is obtained from burning part of the outlet of the reformer
tage.

At constant R, Wnet increases with TREF, and so does η2 (the
enominator in Eq. (9) remains constant). However, |�Hsys| also
ncreases, since a rise in TREF has the effect of recovering heat
rom the burner exhaust gases (see Table 1). Thus, a drop in η1
s observed.

The results shown in this work, as well as those obtained
n previous papers [3,5,11,17,20] indicate that the technology
f fuel-cell grade hydrogen production using ethanol as raw
aterial is a very attractive alternative to those technologies

ased on fossil fuels.
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